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Highlights

e Techno-economic analysis of large-scale enzymatic production of N-
acetyllactosamine.

e Separation processes based on chromatography and crystallization were
compared.

e The process based on selective crystallization and the BgaD-D enzyme gave the
lowest costs.

e Production capacity, N-acetylglucosamine recovery, acceptor to donor ratio and

yield investigated.

Abstract


mailto:sandraek@unimelb.edu.au

N-acetyllactosamine (LacNAC) is an important lactose-derived molecule which can act as an
effective prebiotic. In this study a process for the enzymatic synthesis and downstream
purification of LacNAc was designed based on the use of thermostable 3-galactosidases from
Bacillus circulans (BgaD-D), Thermus thermophilus HB27 or Pyrococcus furiosus (CelB)
respectively. Four configurations for the purification stage were simulated; anion-exchange
chromatography, an activated charcoal-Celite column, N-acetylglucosamine (GIcNAC)
crystallization and an activated charcoal-Celite column, as well as selective crystallization.
While the enzyme CelB has greater stability at higher temperatures, this enzyme gives a
lower LacNAc yield, leading to significant capital investment. For the design based on the
BgaD-D biocatalyst and anion exchange chromatography, recovery of GIcNAc improved the
project profitability when the GICNAc price was greater than $10 per kg. GIcNAc was the
main contributor to the raw material costs for most processes, although methanol contributed
72% of these costs for the process based on an activated charcoal column. The use of a
crystallizer for GICNAc separation before this column, reduced this methanol consumption
by 73%. The use of selective crystallization proved the best approach, reducing the minimum
LacNAc sales price to $2 per gram. The plant was more economic when the acceptor to donor
ratio was reduced from 10 to 4 and the lactose concentration increased from 50 mM to 550

mM.

Keywords: Galacto-oligosaccharide; enzyme; chromatography; crystallization; economic

evaluation.



1. Introduction

Enzymatic synthesis of lactose-based compounds through transgalactosylation is an
efficient strategy for the production of a wide variety of functional food ingredients. Such
molecules, including galactooligosaccharides (GOS) and human milk oligosaccharides
(HMO), can play a major role in biological function, acting as effective prebiotics that can
be used in dietary supplements, pharmaceuticals, food and beverages, cereals and bakery
goods, infant formulae and animal feed [1]. The increased demand for healthier food products
has led to a rapid growth in the market for prebiotic ingredients, estimated at 10.3%
compounded annual growth between 2017 to 2025 [1]. One of the main applications for
HMOs is infant formula. Nevertheless, in the light of their low cost and high availability,
galactooligosaccharides and fructooligosaccharides can be used as prebiotics in infant
formula, as substitutes to HMOs [2]. The global market size for GOS was about 25,000 ton
per year in 2007 [3]. There is a lack of published data, however, describing the large-scale

production of such galactooligosaccharides.

Various donors, including p-nitrophenyl B-galactopyranoside, uridine diphosphate
galactose and lactose, can be used in transgalactosylation. In particular, lactose may act as
either a donor or an acceptor in a variety of enzymatic reactions and is available in large
quantities from the whey produced as a co-processing product from cheese production.
Comprising 85-95% of the milk volume, cheese whey is considered as the major by-product
of the dairy industry with an annual production of over 160 million tons worldwide [4].
Lactose and whey proteins are the primary components within whey accounting for 75% and

10% of the total solids respectively [5]. The whey proteins are usually separated by



ultrafiltration and on a dry basis, up to 85% of the whey ultrafiltration permeate is lactose,
corresponding to an annual production of about 6 million tons globally [4]. Smaller dairy
factories are unable to utilize the whey effectively and hence in these situations it becomes
an effluent stream. Lactose is recognized as the major component of chemical oxygen
demand within this stream, adding to the cost of waste disposal [5]. With this in mind,
converting the lactose generated from whey to value-added products such as HMOs can be

deemed as an efficient strategy to add value and also to increase environmental sustainability.

In this study, a process for the production of lactose-based molecules from whey-derived
lactose was designed and economically evaluated. N-acetyllactosamine (LacNAc) was
selected as the main product, as this compound can act as a precursor for many other
biological compounds and is a building block in the structure of some HMOs, glycolipids
and glycoproteins [13, 14]. The objective is to evaluate the techno-economics of enzyme
catalyzed LacNAc production using thermostable B-galactosidase catalysis at different

scales.

2. Methodology
2.1.  Plantsize

Approximately 70% of the whey produced in Australia is further processed to service an
export market for whey and lactose powdered products [15]. The majority of this industry is
concentrated in the south-east of Australia, which would be a good location for plant

construction. Victoria is the main producer of Australian cheese, with around 280x10° t in



2016 [16]. Given the production of 9 kg whey, containing 4.5 wt% lactose, from each kg of
cheese [17], around 110x10% t lactose, is available for further processing each year in
Victoria.
An HMO production capacity of up to 100 t per year has been considered by some biotech
companies [18]. Production of 1 kg to 1 t of lacto-N-neotetraose (LNNT) is also suggested as
a large scale quantity [19]. Assuming the average LacNAc concentration of 19 pug ml™? in
human milk [20] and the mean milk intake rate of 750 ml per day by breast-fed infants under
12 months [21], around 500 kg non-bound LacNAc is consumed by 100,000 babies per year.
Likewise, a total of 20 t and 1.6 t of LacNAc is required for the 4 million [22] and 300,000
[23] infants born yearly in the US and Australia, respectively. On this basis, the production
scale for the base plant is considered as 5 t of LacNAc per year and it is then changed from
100 kg to 10 t for further analysis.
2.2. Enzymatic conversion

The transgalactosylation reaction of N-acetylglucosamine (GICNAC) is represented in
Fig. 1. This enzymatic reaction can be driven by any of three thermostable [3-galactosidases
under their optimum conditions for transgalactosylation (Table 1), using the experimental
data reported by Zeuner et al. [11]. For the base design, N-acetylglucosamine (GIcNAc) (500
mM; 110 g I') and lactose (50 mM; 17 g I'Y), giving an acceptor to donor ratio (A/D) of 10,
are introduced into a batch reaction vessel with an enzyme concentration of 0.5 pM [11]. As
GIcNAC is an expensive reagent, the unreacted portion may be recovered in downstream
separation processes and recycled.
(Fig. 1)

(Table 1)



2.3.Design and simulation description

SuperPro Designer® 8.5 academic version was employed to perform mass and energy
balances along with equipment sizing and costing. Unit operations were designed in
accordance with the information presented in the published literature [24-28]. The simulation
was performed using lactose solutions with different concentrations (50 mM to 550 mM; or
17 g I’ t0 190 g I'Y), which includes the typical concentration of lactose in whey ultrafiltration
permeate (about 150 mM). The product mixture contains N-acetyllactosamine (LacNAc) and
carbohydrate-type impurities, especially GIcNAc, which must be removed before the
LacNAc crystallization. To this end, four designs are proposed based on the following
separation techniques:

1- Anion-exchange chromatography;

2

An activated charcoal-Celite column;

3- GIcNACc crystallization and an activated charcoal-Celite column; and

4- Selective crystallization.
In all of the proposed designs, a final LacNAc crystallization step is used to enhance LacNAc
purity. In this final step, the solution is first concentrated to about 50 wt% carbohydrates. Six
| of methanol is then added for each kg of LacNAc within a blending tank held at 60 °C and
the mixture then further concentrated by evaporation down to 60% of its original volume.
After cooling to 35 °C, seed crystals are added, allowing crystals to form at ambient
temperature [26]. A basket centrifuge is used to separate the formed crystals and a freeze

dryer is employed to obtain the end product with a maximum moisture content of 2%.

2.3.1. Design based on anion-exchange chromatography



Carbohydrates are negatively charged at high pH and they can be separated by anion-
exchange chromatography with sodium hydroxide as the eluent [29, 30]. In the present case,
a sodium hydroxide solution (20 mM) is used as the isocratic mobile phase and the column
is washed and regenerated by eluting the column with 10 and 5 bed volumes of 200 mM
NaOH respectively (overall 15 volumes of NaOH solution) [31, 32] (Fig. 2). This step
produces both a GIcNAc recycle stream and a LacNAc product. Nanofiltration and
evaporation are used to concentrate the LacNAc product and remove the added sodium ions.
This product is then recovered in a solid form by addition of methanol, followed by
crystallization, centrifugation and freeze drying. The recovered GIcNAc is re-used in the
enzymatic conversion process. This GIcNAc must first be concentrated by both nanofiltration
and evaporation to remove the excess water added during elution and column washing; and
to again remove the sodium content. A variation of this process can also be considered, where
the GIcNACc is not recovered (Fig. 2(B)) but is instead treated as waste.
(Fig. 2)
2.3.2. Design based on activated charcoal-Celite column

Charcoal can adsorb carbohydrates in agqueous solution, with these molecules later
selectively desorbed using dilute alcohol/water mixtures. Celite is also added to provide
mechanical support and prevent column compression. Compared to most liquid
chromatography or gel-filtration methods, this technique can handle much larger amounts of
material [33]. In this design, monosaccharides such as GIcNAc are first eluted with water,
then lactose with 15% methanol, whilst LacNAc is eluted using methanol at a concentration
of 20% [27]. Nanofiltration units are used to recover the eluent solution and concentrate

LacNAc. The purity of LacNAc in this stage is around 84%, which is further enhanced by



subsequent crystallization. Both designs with and without the recovery of eluted GICNAc are
depicted in in the Supplementary Data.
2.3.3. Design based on GIcNAc crystallization and activated charcoal-Celite column
According to published data, GICNAc can be crystallized from a reaction mixture,
produced by the reaction shown in Fig. 1, when this mixture is concentrated to about half of
its original volume [13]. As the amount of GICNACc in the reaction mixture is very high, its
separation before the activated charcoal-Celite column might result in a smaller column and
less water consumption. For this case, the solution is concentrated to reduce the volume by
50% and seed crystals are added, allowing GIcNAc crystals to form at ambient temperature.
A basket centrifuge is then used to separate the crystals formed so that they may be recycled
to the reactor. The crystals are washed with methanol and the combined filtrate and washings
then enter to the charcoal-Celite column. The overall process flowsheet can be found in the
Supplementary Data.
2.3.4. Design based on selective crystallization
Selective crystallization is proposed as another option for separating and recovering the
sugar product from other impurities [28]. Crystals with greater than 95% purity can be
obtained, as impurities are not readily incorporated into the crystal lattice, with a wide range
of other sugar-like components remaining in the aqueous solution [28, 34]. Selective
crystallization can be performed from an aqueous solution containing 35-80 wt%
carbohydrates, 45-95% of which is the target molecule [28, 35].
This process involves GICNAc crystallization from the reaction mixture. It should then be

possible to simply use a second crystallisation step to separate LacNac through the addition



of methanol as discussed above. The overall process flowsheet can be found in the
Supplementary Data.
2.4. Economic analysis model

The project costs are estimated based on the equipment size, raw materials and utilities
prices presented in Table 2. Net Present Value (NPV) is used to analyze the project
profitability. For this purpose, the assumptions provided in Table 2 are applied.
(Table 2)
The total capital investment (TCI) is comprised of direct fixed capital (DFC), working
capital, and startup and validation costs. DFC is estimated using equipment purchase cost
correlations and cost factors. Working capital costs are estimated based on the sum of major
operational costs, including labor, raw materials, utilities and waste treatment, over a 30-day
period. The Payback Period (PBP), NPV and Internal Rate of Return (IRR) are employed as
economic indicators for analyzing and comparing the different process scenarios. In addition,
the minimum selling price of product (MSP) at which the NPV is zero, is a key element in

determining profitability.

3. Results and discussion

3.1. Process based on anion-exchange chromatography

The use of the three enzymes was first compared based on the flowsheet shown in Fig. 2(A)
I.e. using chromatographic separation with GIcNAc recycle. The enzyme CelB has the
greatest thermal stability, allowing the reactor to run at higher temperatures, which favors
transgalactosylation. However, the efficiency of this enzyme in terms of the molar yield of

LacNAc is low (Table 1). Therefore, for the same amount of LacNAc (5 t), more raw



materials are consumed, requiring much larger equipment sizes compared to BgaD-D and
Ttp-gly. Consequently, the total capital cost for this scenario increases sharply relative to use
of the other two enzymes (Table 3). The total plant direct cost (TPDC) is estimated as MM$
56 (BgaD-D), 125 (TtB-gly), and 666 (CelB) with the equipment purchase cost being the
largest contributor to this cost (Table 4). The costs of buildings (about 20% of TPDC) and
auxiliary facilities (about 13% of TPDC) are also significant.

(Table 3)

(Table 4)

The operating cost components for the BgaD-D enzyme are shown in Fig. 3. The facility-
dependent cost is the major contributor to the cost of manufacturing for all four purification
processes considered. This represents the expenses associated with items such as equipment
maintenance and depreciation. For such greenfield designs, including high value
biochemicals and biopharmaceuticals, this is typically the main operating expense [48, 49].
Given the higher capital investment for the designs based on Ttp-gly and CelB, the
contribution of the facility-dependent cost becomes much more significant for processes
using these enzymes compared to the BgaD-D enzyme.

As shown in Table 5, electricity is predominantly consumed by the two nanofiltration
units (P-3 and P-6) (Fig. 2) and steam is consumed by the evaporators (P-5 and P-15) (Fig.
2), due to the large volume of water needed for chromatographic elution that must
subsequently be removed. While the utility costs are higher for TtB-gly and CelB relative to
use of the BgaD-D enzyme because of lower yields, the percentage contribution of these
evaporators and nanofiltration units to the total utility cost remains the same. Because the

same amount of final product (5 t) is achieved for all three enzymes, the utility consumption

10



for crystallization (P-8), cooling (P-9) and freeze drying (P-12) which are common to all four
design processes are also similar for these three cases.
Fig. 4 gives the minimum selling price (MSP) of LacNAc as a function of production
capacity. The MSP for the base capacity (5 t) is approximately $6 per gram when anion
exchange chromatography is used. The MSP is strongly affected by the production scale,
increasing with larger product volume, it is also highly sensitive to yield. Calculations show
that the selling price increases by over 600% from BgaD-D (LacNAc yield of 32%) to CelB
(LacNAc yield of 5.4%). A plant scaled to generate 100 kg of LacNAc per annum and a yield
of 32% (BgaD-D) has a similar MSP to that of a plant tenfold larger with a yield of 5.4%
(CelB). Therefore, any improvement in the transgalactosylation reaction—namely an
enhancement of enzyme efficiency and optimization of operational conditions and lactose
concentration, can make the process more profitable.
(Fig. 3)
(Table 5)
(Fig. 4)
3.2. Process based on activated charcoal-Celite column

As the above results have shown, the design based on the BgaD-D enzyme seems the
economically most desirable option of the three enzymes examined. Thus, the economic
feasibility of the other purification processes is only evaluated for this enzyme. As shown in
Table 3, the replacement of the anion-exchange chromatography with an activated charcoal
column can result in a lower capital investment (13% reduction) but higher operating costs
(90% increase). This is due to the much greater methanol consumption in this process,

leading to more costly waste treatment and a higher raw material price. In the process based
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on anion-exchange chromatography, GIcNAc is the main contributor to the raw material cost
(51% of total raw material price), while 72% of this cost is attributed to methanol when the
activated charcoal column is employed. As indicated in Fig. 3, around 47% of the operating
cost results from waste treatment. This is due to the much greater difficulty of treating such
organic waste — a cost of $200/tonne versus $0.55/tonne for conventional wastewater
treatment is used (Table 2).

Around 16% of the GIcCNAc and 19% of the LacNAc exiting the reactor is lost in the three
waste streams for this activated charcoal column, versus 15% and 22% respectively for the
four waste streams arising from chromatography. Due to the use of nanofiltration units for
the recovery of the eluent, electricity is the main contributor to the utility costs (Table 5);
nonetheless, the share of total operating cost resulting from this utility usage is negligible
(Fig. 3).

Fig. 4 shows that for a 5-ton plant, the MSP of LacNAc obtained from this process is around
$9 per gram, which is the highest compared to other designs. However, the cost of liquid
waste disposal could vary significantly depending on the waste calorific value and chemical
type, local regulations and the amount of waste to be treated [43, 50]. According to a report
by the Australian Department of the Environment [51], the treatment costs for hazardous
liquid waste can range from $8 to $5,000 per ton. Assuming a treatment cost of $10 per ton
for methanol containing waste instead of $200 per ton, reduces the operating cost to about
22 million dollars with an MSP of $5.6 per gram, which is similar to that of the process based
on anion-exchange chromatography. Conversely, the hazardous nature of methanol storage,

transport and use may increase both the capital and operating costs for this option.
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3.2.1. Comparison between results obtained with and without GIcNAc recovery
Recycling of the unreacted GIcNAc requires additional operations, including
nanofiltration (Fig. 2 (A)). Depending on the GIcNAc price, however, an alternative design
is to remove the recovery section (Fig. 2 (B)). Accordingly, Fig. 5 represents the estimated
product MSP at different GICNAc prices from $5 to $50 per kg (obtained from chemical
suppliers: BOCSCI Inc., Foodchem®, and Health Biochem). For the enzyme BgaD-D and
purification using anion exchange chromatography, both designs result in approximately the
same MSP for GIcNAc with prices close to $10 per kg. At lower GIcNACc prices the recovery
of GIcNACc appears unnecessary (Fig. 5(A)), while at higher GIcNAc prices, GIcNAc should
be reused. When an enzyme with lower yield is employed, such as CelB, the GIcNAc recycle
is always more profitable (Fig. 5(B)). When an activated carbon column is used for
purification and the higher yielding BgaD-D enzyme is still considered, recycling the
unreacted GIcNAc to the reactor is necessary even for low GIcNAc prices (Fig. 5(C)),
indicating the importance of both enzymatic yield and the selection of appropriate
downstream process operations.
(Fig. 5)
3.3. Process based on GIcNAc crystallization and activated charcoal-Celite column
Owing to the high concentration of unreacted GIcNAc, a large volume of eluent is consumed
during chromatography, making this operation very costly. Crystallization of GIcNAc before
chromatography can lead to lower capital and operating costs (Table 3). The amount of
methanol consumed in this process is about one fourth of that in a plant based only on
chromatographic separation. In addition, water consumption significantly decreases from

around 100,000 tons per year in the designs based on either anion-exchange or activated
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charcoal chromatography to about 30,000 tons per year in this process. As a result, the waste
treatment cost is reduced (Fig. 3). In addition, fewer nanofiltration units are needed for
concentrating the solution after the column, reducing the electricity usage by about 74%
(Table 5). Due to the addition of the GICNAc crystallization process, however, the
contribution of chilled water to the utility costs increases from approximately 4-5% to 33%.
The additional separation step also results in greater product loss: 44% of the LacNAc in the
reactor outlet leaves in the three waste streams, as well as 28% of the GIcNAc. Furthermore,
because of the longer downstream processing time, more substrates and enzyme are used to
achieve the same amount of LacNAc (5 t) within a year (Table 3).

3.4. Process based on selective crystallization

As indicated in Table 3, much less water (around 100% less) is consumed in the selective
crystallization process compared to that based on anion-exchange chromatography, due to
the elimination of the elution/washing/regeneration streams used in this latter approach.
Further, as no NaOH or methanol is added before the final crystallizer, the need for
nanofiltration is eliminated, meaning that except for the ultrafiltration step used for the
separation of the enzyme after the reaction, no consumables, including membranes and resin,
are required (Fig. 3). Compared to the anion-exchange chromatography design, however, the
GIcNACc crystallization step results in an increase in methanol consumption from 14 tons to
679 tons per year. Compared to the processes based on GIcNAc crystallization or the
activated charcoal column, the selective crystallization process consumes much more chilled
water (around a 600% increase (Table 5)). The approach also has a relatively large product
loss, 36% of the LacNAc product is lost in downstream processing, as well as 28% of the

GIcNACc that exits the reactor.
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For this arrangement, the total capital investment and operating costs are reduced by about
63-77% and 60-80%, respectively, relative to the use of other downstream options. As a
result, the MSP based on this process decreases to $2 per gram for the 5 t per year plant
capacity (Fig. 4). The economic viability of the project can also be improved by increasing
this capacity. As can be seen in Fig. 4, however, once the plant capacity exceeds 5 t, changes
in the MSP are smaller. This is because of a much higher increase in the operating cost in
comparison with the reduction in the Total Capital Investment (TCI). In addition, the
potential market demand for the product plays a vital role in determining a suitable plant
capacity. The HMO market is still under development and existing manufacturers must also
cover extensive research and development costs.
The actual selling price will be dependent on market demand and the target application. Table
6 indicates the calculated NPVs, PBPs and IRRs for a production capacity of 5 ton per year.
By increasing the selling price from $3 to $5 per gram, the NPV can be improved by 200%
for this design, while other designs seem uneconomical for sales prices around $5 per gram.
(Table 6)
3.4.1. Effect of lactose concentration and acceptor to donor ratio

Fig. 6 shows the sensitivity of TCI and operating costs to the lactose concentration
compared to the base design (lactose concentration of 50 mM) for selective crystallization at
two acceptor to donor ratios (A/D of 10 and 4). The maximum solubility of lactose and
GIcNAC at 50 °C is around 1.2 M (400 g I'Y) [12] and 2.2 M (493 g I'Y) [52], respectively.
Hence at the A/D of 10, the upper limit of the lactose concentration is around 200 mM, to
ensure that GICNACc does not precipitate. Increasing the lactose concentration to this level,

only reduces the TCI and operating costs by less than 7% (Fig. 6(A)). This is because while
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the cost of the reactor decreases, e.g. by 14% at a concentration of 200 mM, the cost of
downstream processing is unchanged.

For the A/D of 4, the lactose concentration can be increased up to 550 mM. Since the GIcNAc
amount introduced into the reactor can directly affect the crystallization process, reducing
the A/D to 4 leads to a more significant reduction in the TCI and operating costs (Fig. 6(B)).
In addition, at lactose concentrations greater than 300 mM, the water content of the reactor
outlet mixture approaches 50%, and so the need for the concentration by nanofiltration is

eliminated.

(Fig. 6)

4. Conclusions

The study presents an economic analysis of large-scale enzyme-assisted production of N-
acetyllactosamine molecules. The operating cost was mainly controlled by facility-dependent
expenses, which is common for greenfield projects. In terms of economic profitability, the
designs were ordered as selective crystallization > GIcNAc crystallization and activated
charcoal column > anion exchange chromatography > activated charcoal column
chromatography, emphasizing the significant costs associated with chromatography-based
purification. The economic models indicate in most cases that it is best to recycle excess
GIcNAc. Higher lactose concentrations and lower GIcNAc concentrations facilitated
downstream processing and reduced costs by ~25% when crystallization was used,

illustrating the potential cost savings identified by economic analysis.
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Fig. 1. Enzymatic conversion of lactose to LacNAc through transgalactosylation of N-

acetylglucosamine (GIcNAc) (Zeuner et al., 2016).
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Fig. 2. Process flow diagram of the proposed process based on anion exchange
chromatography (A) with GlcNAc recycle and (B) without GIcNAc recycle. Mass
flowrates (t/year) of input and output streams are in red.
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Fig. 3. Breakdown of operating costs for a 5-ton per year LacNAc plant based on the BgaD-

D enzyme and each of the four process designs.
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Fig. 5. Variations in LacNAc MSP and operating cost as a function of changes in GICNAc
price with and without GIcCNAc recovery for designs based on (A) anion exchange
chromatography and BgaD-D enzyme, (B) anion exchange chromatography and CelB

enzyme and (C) activated charcoal column and BgaD-D enzyme.
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Table 1. Optimum conditions of three p-galactosidases for transgalactosylation

(experimental data was reported by Zeuner et al. [11]).

Temperature Reaction  time | LacNAc molar yield based on
B-galactosidase
(°C) (min) lactose (%)
BgaD-D 50 30 32
Ttp-gly 65 30 16
CelB 90 10 5.4
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Table 2. Prices used to estimate the cost of manufacturing and parameters or assumptions

used for economic evaluation.

Item Price Unit Ref.
Lactose 0.83 $ kgt [36]
Water 0.34 $tt [37]
Methanol 0.42 $ kg [38]
B-galactosidase 856 $ kg [39]
GIcNAC 20 $ kgt [40]
NaOH 0.46 $ kgt [41]
Conventional wastewater

0.55 $m3 [42]
treatment
Methanol waste

0.2 $ kgt [43]
treatment/disposal
Electricity 0.069 $ kwh [44]
Steam 3.44 $tt [45]
Chilled water 0.42 $tt [37]
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Membrane

44 $m? [46]

Parameters and assumptions

Item Value/description
Currency US Dollar
Project lifetime 25 years

Year of analysis

2017 (chemical engineering plant cost index=558.3

[47]).

Annual operating time

330 days (24 hours per day)

Construction period 2 years
Startup period 6 months
Discount rate 7%
Taxation rate 35%

Depreciation

Straight line method over 15 years

Salvage value

5% of direct fixed capital

Startup and validation

5% of direct fixed capital
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Table 3. Annual quantities of products, raw materials and project costs for processes with GIcNAc recycle (annual production of

LacNAc=5 t). All quantities of raw materials are in tonnes per year.

Downstream process

Anion exchange chromatography

Activated

charcoal column

GIcNACc
crystallization and

activated charcoal

Selective

crystallization

column
Enzyme BgaD-D | Ttp-gly | CelB BgaD-D BgaD-D BgaD-D
Raw materials Quantity (t/year)
Lactose 17.4 35 105 19 26 17
Water 98,000 197,000 | 590,000 108,000 30,000 1,100
GIcNAc 20 37 105 24 50 33
B-galactosidase 0.05 0.1 0.3 0.05 0.07 0.05
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Methanol 14 14 14 3,950 1,070 679
Sodium Hydroxide 541 1,090 3,270 - - -
Costs

Total capital investment (10°$) 109 244 1,280 95 67 25
Direct fixed capital (10°$) 103 231 1,230 88 63 24
Equipment purchase cost (10° $) 18 41 219 16 11 4
Working capital investment (103$) | 365 456 665 2,330 918 411
Salvage value (10°$) 5 12 61 4 3 1
Operating cost (10°$ yr™) 21 43 203 40 20 8
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Table 4. Fixed capital costs for a 5-ton LacNAc plant per year. All costs in USSMM.

. GIcNAc
Activated crystallization Selective
Downstream processing Chromatography charcoal Y -
and charcoal crystallization
column
column
Enzyme BgaD-D Ttp-gly CelB BgaD-D BgaD-D BgaD-D
1. Equipment purchase cost 18 41 220 16 11 4
2. Installation 3.3 6.6 33 2.7 2.4 15
3. Piping, instrumentation, insulation and electrical 16 37 190 14 10 35
7. Buildings and yard Improvement 11 25 130 9 6.6 2.4
9. Auxiliary facilities 7.3 27 88 6 4.4 1.6
Total Plant Direct Cost (TPDC) 56 126 666 48 34 13
11. Construction 20 44 230 17 12 4.5
Total Plant Indirect Cost (TPIC) 34 76 400 29 21 7.7
Total Plant Cost (TPC= TPDC+TPIC) 89 201 1086 77 54.9 20.7
12. Contractor's fee and contingency (CFC) 13 30 160 11 8.2 3
103 231 1,226 88 63.1 23.7

Direct Fixed Capital Cost (DFC=TPC+CFC)




Table 5. Main contributors to utility costs for the designs based on the BgaD-D enzyme.

Anion exchange Activated charcoal Selective
. . GIcNAc  crystallization and crystallization
Utility chromatography column Utility activated charcoal column
Power (MWh) 101 277 Power (MWh) 73 13.7
Main contributors: Main contributors:
P-3/Nanofiltration 34 150 P-20/Nanofiltration 40 -
P-6/Nanofiltration 34 42 P-19/Ultrafiltration 13 8.8
P-5/Nanofiltration - 15 P-21/Nanofiltration 3.2 -
S P-11 and P-
P-19/Ultrafiltration 11 13 15/Centrifuge 0.08 0.5
P-12/Freeze Dryer 1.3 1.3 P-12/Freeze Dryer 1.3 1.2
Annual cost ($1000) 7 19 Annual cost ($1000) 5 0.9
% of total utility cost 51 95 % of total utility cost 48 3
Steam (kt) 1.7 0.08 Steam (kt) 0.58 1.2
Main contributors: Main contributors
P-5/Evaporator 0.87 - P-5/Evaporator 0.5 0.3
P-15/Evaporator 0.81 - P-4/Reactor 0.05 0.03
P-4/Reactor 0.02 0.06 P-16/Evaporator 0.03 0.8
P-7/Evaporator 0.02 0.02
Annual cost ($1000) 6 0.3 Annual cost ($1000) 2 4
% of total utility cost 44 1.4 % of total utility cost 19 14
Chilled water (kt) 1.7 1.6 Chilled water (kt) 8.2 57.6
Main contributors Main contributors
P-16/Condenser 15 14 P-23/Cooler 4.9 3.2
P-9/Cooler 0.14 0.13 P-3/Condenser 1.8 48
P-8/Crystallizer 0.03 0.03 P-1/Cooler 1.2 0.5
P-8/Crystallizer 0.4 0.3
P-9/Cooler 0.2 5.4
P-14/Condenser 0.04 1.1
Annual cost ($1000) 0.7 0.7 Annual cost ($1000) 3.4 24
% of total utility cost 5 3.4 % of total utility cost 33 83




Table 6. Net present values (NPV), payback periods (PBP) and internal rates of return (IRR) for different LacNAc selling prices for the

base plant (BgaD-D enzyme and 5 ton of LacNAc per year).

GlcNAc crystallization and activated

Anion-exchange chromatography Activated charcoal column Selective crystallization

charcoal
-6$ gt ~9$g? ~2%$g?
MSP~6 $ ¢ MSP~9$ ¢ MSP-5$ gL MSP~2 $ ¢
Selling price NPV NPV NPV NPV
) (SMM) PBP (yr)  IRR (%) SI)VI PBP (yr)  IRR (%) (SMM) PBP (yr)  IRR (%) (SMM) PBP(yr)  IRR (%)
3 -100 - - -290 - - -80 - - 33 4.4 19
5 -19 - - -190 - - 2 9.7 7 99 2 36

15 310 2.6 30 190 34 24 330 1.7 42 420 0.6 94




